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bstract

An in-house-model has been developed to study the thermal and electrochemical behaviour of a planar SOFC fed directly with methane and
ncorporated in a boiler. The usual Ni-YSZ cermet has been considered for the anode material. It has been found that methane reforming into
ydrogen occurs only at the cell inlet in a limited depth within the anode. A sensitivity analysis has allowed establishing that anode thicknesses
igher than ∼400–500 �m are required to achieve both the optimal methane conversion and electrochemical performances.

The direct internal reforming (DIR) mechanisms and the impact of operating conditions on temperature gradients and SOFC electrical efficiencies

ave been investigated considering the anode supported cell configuration. It has been shown that the temperature gradient is minimised in the
utothermal mode of cell operation. Thermal equilibrium in the stack has been found to be strongly dependent on radiative heat losses with the stack
nvelope. Electrochemical performance and cell temperature maps have been established as a function of methane flow rates and cell voltages.

2007 Elsevier B.V. All rights reserved.
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. Introduction

Solid oxide fuel cells (SOFCs) allow the conversion of chem-
cal energy into electricity. As they operate at high temperatures,
hey present the advantage of high efficiency and large fuel
exibility. For instance, SOFCs are able to oxidize hydrogen,
arbon monoxide, methane and potentially other hydrocarbon
uels (ethanol, methanol, etc.). As the methane represents the
ain component of the natural gas, it constitutes an interest-

ng fuel for studies. In the most common way, the methane
s converted into a mixture of H2 and CO by using an exter-
al reformer. Another way consists in reforming the methane
irectly within the anode [1,2]. The main advantage of the
irect Internal Reforming (DIR) is to simplify the system since

he reformer is suppressed. However, in order to avoid carbon
eposition in the electrode, the DIR cell operation requires a

arge amount of steam in addition to the fuel. Furthermore, the
ndothermic reforming reaction can induce a local cell cooling
nd potentially a thermal gradient across the cell. This inhomo-

∗ Corresponding author. Tel.: +33 4 38782210; fax: +33 4 38784139.
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eneous temperature along the cell can induce thermal stresses
otentially harmful for the cell integrity.

Modelling appears to be an efficient tool to analyse the cou-
led mechanisms of the DIR process. Indeed, in this operating
ode, the molar and heat fluxes within the cell, the rates of both

hemical reforming reactions and hydrogen electro-oxidation
re coupled together through the temperature field. Several mod-
ls have been recently developed to describe the DIR process
ither in tubular [3–8] or planar configurations [9–12]. The
escription of the multi-component transport within thick anode
f a planar cell has been initially proposed by Lehnert et al.
9] in the frame of the mean transport pore model (MTPM).
he MTPM model has been then extended by Ackmann et al.

10] into a two-dimensional approach and integrated into mod-
ls including a thermal analysis [5,12]. In tubular configuration,
ánchez et al. [7] have evaluated the effect of radiative heat
xchange on cell performances whereas Klein et al. [8] have
tudied the gradual internal reforming (GIR). In planar config-
ration, Aguiar et al. [11] have developed a one-dimensional

teady-state and dynamic model taking into account heat trans-
er by radiation between cells and interconnects. Whereas most
f planar configuration models consider only an adiabatic unit
ell at the stack centre, Chyou et al. [13] have calculated the

mailto:laurencin@chartreuse.cea.fr
dx.doi.org/10.1016/j.jpowsour.2007.11.099
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eat flux dissipated to the environment by taking into account
he stack insulating envelopes. Larrain et al. [14,15] have also
eveloped a model in which the boundary conditions are defined
y the radiative heat losses from SOFC edges and by the fuel
ost combustion.

In this work, an in-house model has been developed to
escribe the thermo-electrochemical behaviour of a planar stack
perating directly with methane. A two-dimensional approach
as been adopted to describe the mass transport along the chan-
els and gas diffusion through the anode in the frame of the
TPM model. The kinetics of chemical and electrochemical

eactions has been coupled to a thermal analysis. A special atten-
ion has been paid on radiative heat losses, usually neglected
espite their significant influence. This model has been used
o optimize the cell design regarding to the DIR process. Con-
idering the optimal geometry, the mechanisms of the methane
eforming and cell operation have been studied. In order to pre-
ict the SOFC electrical and thermal management, the effects of
he SOFC operating conditions on temperature field and elec-
rochemical performances have been investigated.

. Model description

.1. Introduction

A schematic cross-section of the simulated single repeat unit
SRU) is illustrated in Fig. 1. The cell presents a circular shape
ith a 116 mm diameter. The most common SOFC cell materials
ave been considered for this study, i.e. yttria stabilized zirconia
YSZ) for the electrolyte, Ni-YSZ cermet for the anode and
trontium-doped lanthanum manganite (LSM) for the cathode.
nterconnect plates have been assumed to be made in Inconel
i-based alloy. Both the fuel and oxidant are introduced at the

ell centre. Fluids channels are designed as part of the metallic
nterconnect considering a radial flow at the anode and cathode

ides (Fig. 2). In order to ensure the current collection, a pattern
f small pins has been machined onto the interconnect surface
hrough which oxidant and fuel gases flow. A glass seal is used
t the anode side to prevent gas crossover.

ig. 1. Scheme of the simulated SRU (cross-section view) and coordinate system
sed in the model.
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Fig. 2. Configurations for the fuel and air flows [16].

In the present work the fuel considered is a mixture of CH4
nd H2O with steam to carbon ratio S/C = 1. The conversion of
ethane into hydrogen is done within the anode through the

team reforming reaction (1). The carbon monoxide, a product
f the steam reforming, can be further oxidised through the water
as shift (WGS) reaction (2). The carbon dioxide can also react
ith methane due to the CO2 reforming reaction (3):

CH4 + H2O ↔ 3H2 + CO �H◦(800 ◦C)

= +242 KJ mol−1 (1)

CO + H2O ↔ H2 + CO2 ΔH◦(800 ◦C)

= −38.6 KJ mol−1 (2)

CH4 + CO2 ↔ 2H2 + 2CO ΔH◦(800 ◦C)

= +280 KJ mol−1 (3)

ydrogen is finally oxidised according to the following exother-
ic reaction:

2 + 1/2O2 ↔ H2O ΔH◦(800 ◦C) = −242 KJ mol−1

(4)

In parallel to the methane reforming process, reactions of
arbon deposition can also occur. However, these reactions have
een neglected in the present work since the S/C ratio of the fuel
ixture has been kept constant and equal to 1. Indeed, according

o thermodynamic calculations [17], this condition at the con-
idered SOFC operating temperature (i.e. 800 ◦C) prevents any
arbon deposition.

The coordinate system used for the modelling is shown
n Fig. 1. Because of the circular geometry of the SRU, a
wo-dimensional approach has been adopted assuming z as an
xisymmetrical axis. The model has been basically divided into

wo connected modules: the electrochemical one and the thermal
ne. The electrochemical part of the model has been imple-
ented in the software tool Matlab. It allows determining the

ocal current density, the distribution of gas species and the
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hermal sources related to the chemical and electrochemical
eactions. The thermal module has been implemented in a finite
lement solver, Cast3M [18]. It allows determining the thermal
uxes and temperature field in both the solid and gas phases of

he SRU. The two modules have been coupled through:

(i) the temperature field required to determine the kinetic con-
stants of chemical and electro-chemical reactions,

(ii) the heat source terms necessary to simulate the temperature
field,

iii) the gas composition modified along the channels necessary
to calculate the fluids thermal properties.

.2. Description of the electrochemical module

A detailed description of the electrochemical module is given
lsewhere [12]. Evolution of molar fractions along the gas chan-
els (i.e. in the radial direction r) is caused by normal molar
uxes (i.e. in the axial direction z) through the porous electrodes.
his evolution is calculated with mass balance performed on
ach species along the gas channels.

The mass transport through the porous anode (i.e. in the axial
irection z) has been described in terms of the Stephan-Maxwell
nd Knudsen diffusion. The diffusion coefficients have been cal-
ulated according to Todd and Young [19] as a function of the
icrostructure parameters (mean pore radius 〈r〉, tortuosity τ

nd porosity ε). It has been assumed that the steam and carbon
ioxide reforming reactions occur within the anode on the pore
urfaces whereas the water gas shift takes place in the void frac-
ion of the anode (Fig. 3). The kinetic constants for both steam
nd CO2 reforming reactions ((1) and (3)) have been considered
or Ni catalyst and taken from references [12,20]. Furthermore,
nly hydrogen electro-oxidation is taken into account. This
ssumption means that a large fraction of CO is converted into
O2 through the water gas shift reaction (2), which is supposed
o be fast and always close to the thermodynamic equilibrium.
he hydrogen electro-oxidation (4) is assumed to occur at the
node/electrolyte interface (Fig. 3). The corresponding molar
ux density ṄH2 is related to the local current density i by the

ig. 3. Localisation within the anode of the reforming reactions. The H2 oxida-
ion is assumed to take place at the anode/electrolyte interface.
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araday’s law:

˙ H2 = i

2F
(5)

here F is the Faraday’s constant.
The cell voltage Ucell is fixed and assumed to be constant on

he whole cell area. The local current density is calculated in
rder to verify the following equation all along the cell:

cell = Ei=0 − (Rohm)i − (ηconc,a + ηconc,c + ηact) = f (i)

(6)

here Ei=0 is the open circuit voltage (OCV) and ηconc the con-
entration overpotentials (the subscripts a and c represent the
node and cathode, respectively). The term Rohm corresponds
o the pure ohmic cell resistances including the electrolyte ionic
esistance Re and the contact resistance Rc between intercon-
ects and electrodes. The term ηact represents the activation
verpotential calculated from the Butler-Volmer equation:

act = RT

F
arcsin h

(
i

2i0

)
(7)

here i0 is the exchange current density for the cell, R the gas
onstant and T is the temperature. The OCV and the anodic
oncentration polarisation have been written according to the
ernst’s equation:

i=0 = E0(T ) + RT

2F
ln

PTPBa,i=0
H2

(PTPBc,i=0
O2

)0.5

PTPBa,i=0
H2O

(8a)

conc,a = RT

2F
ln

PTPBa,i�=0
H2O PTPBa,i=0

H2

PTPBa,i�=0
H2

PTPBa,i=0
H2O

(8b)

here E0 is the standard potential and Pj the partial pres-
ures at OCV (i = 0) or under current (i �= 0). The superscripts
PBa and TPBc denote the triple phase boundaries at anode
nd cathode sides which have been reduced in the model at
he anode/electrolyte and cathode/electrolyte interfaces, respec-
ively. It is worth noting that this assumption is well verified
or sufficiently thick electrodes. Indeed, Kim et al. [21] have
hown that the reaction zone spreads only about 10 �m from the
lectrolyte/electrode into the electrode.

The cathodic concentration overpotential ηconc,c has been
escribed by a phenomenological law depending on the lim-
ting current density ilim,c. A high value has been taken for this
ast parameter since a high air ratio and a thin cathode have been
onsidered for the simulations (see Section 3). The microstruc-
ural and electrochemical parameters used for the present work
re listed in Table 1.

.3. Description of the thermal module

.3.1. Boundary conditions

Adiabatic conditions have been assumed for the surfaces con-

ecting two adjacent SRUs (i.e. the bottom and top free surfaces
f SRU as shown in Fig. 4). This assumption is rigorously right
nly for the SRUs placed in the central region of the stack where
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Table 1
Microstructural and electrochemical parameters of the model used for the
simulations

Electrochemical parameters
Rc Contact resistances between

electrode/interconnects (ohm cm2)
0.2

i0 Cell exchange current density
(mA cm−2)

100 [21]

ilim,c Cathodic limiting current density
(mA cm−2)

1000

σi Ionic conductivity of electrolyte
(YSZ) (ohm−1 cm−1)

0.035 (T = 800 ◦C)
[22]

Microstructural parameters
ε Electrode porosity 0.4

〈

h
d
e
r
T
f

2
t

n
a
t
t
t
c
T
f

t
t
[

g
f
i

w
i
t
d
f
t
c
h

h

w
c
v
c
5
(

f
i
s

τ Electrode tortuosity 4
r〉 Electrode mean pore radius (�m) 1

eat flux in the stacking direction can be neglected. Gases intro-
uced at cell centre are assumed to have a controlled temperature
qual to 800 ◦C. The temperature of the insulating envelope sur-
ounding the stack is also supposed to be maintained to 800 ◦C.
his last assumption is representative of a stack tested in a

urnace or placed directly into a boiler.

.3.2. Energy balance for fluids along the gas channels (in
he radial direction)

The fuel and air gas properties are modified along the chan-
els between interconnect and electrodes as their compositions
re changing. These modifications are taken into account in the
hermal part of the model. Indeed, according to the radial posi-
ion r in the gas channels, the isobaric heat capacity Cp, the
hermal conductivity λ, and the dynamic viscosity η are cal-
ulated for each species. The polynomial curves established by
odd and Young [19] have been used to calculate these properties
or fuel and air gases.
The determination of the Reynolds number Re has shown
hat, in the studied conditions, a laminar flow takes place inside
he fuel and air channels. According to the results of Damn et al.
23] and Sánchez et al. [7], the radiative heat exchange between

t
t
c
d

Fig. 4. Boundary conditions assume
r Sources 177 (2008) 355–368

ases and walls can be neglected. Finally, the energy balances
or air and fuel channels confined between the electrodes and
nterconnect plates have been written as follows:∑
i

ṅi(r)Ci
p(r)

∂Tfuel

∂r
dr = hfuel(r)dS{Ts(r) − Tfuel(r)}

(i = H2, H2O, CO, CO2, CH4) (9a)

∑
i

ṅi(r)Ci
p(r)

∂Tair

∂r
dr = hair(r)dS{Ts(r) − Tair(r)}

(i = O2, N2) (9b)

here ṅi represents the molar flow rate and Ci
p the heat capac-

ty for each gas species i. The terms Tair and Tfuel correspond
o the temperature of oxidant and fuel, respectively, whereas Ts
enotes the wall temperature of solid phase. The exchange sur-
ace dS corresponds to the contact area between gas and solid and
akes into account the surface added by the small pins of the inter-
onnect plate. The convective heat transfer coefficients hair/fuel
as been computed from the Nusselt number Nu as follows:

air/fuel = Nuλair/fuel

DH
(10)

here DH is the hydraulic diameter of the cathodic or anodic
hannel. The Nusselt number tends to an asymptotic value, pro-
ided that a fully developed laminar flow is achieved in the
hannels. In this work, the Nusselt number has been taken to
.38, value corresponding to a flow confined between two plates
with one side adiabatic) [13].

As illustrated in Fig. 5a, the heat transfer coefficient hfuel for
uel is observed to be strongly affected by its radial position
n the anodic channel. Indeed, the DIR process transforms the
team and methane into a mixture rich in hydrogen which is

hen oxidised. As this last component presents a much higher
hermal conductivity than other fuel species, the heat transfer
oefficient is strongly dependant of the amount of hydrogen pro-
uced and consumed along the anodic channel. In addition, the

d for the thermal simulations.
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Fig. 5. Evolution of the fuel heat transfer coefficient and
∑

i
ṅiC

i
p term plotted
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s a function of the radial position in the cell (for ṅCH4 = 5.507 × 10−5 mol s−1,
˙H2O/ṅCH4 = 1 and Ucell = 600 mV). (a) Fuel heat transfer coefficient and (b)

i
ṅiC

i
p term of fuel.

iṅiC
i
p terms are also modified because of the chemical and

lectrochemical reactions (Fig. 5b). Therefore, the evolutions of
and

∑
iṅiC

i
p terms due to the variation of the fluids composi-

ion along the channels have been taken into account in the DIR
odelling.

.3.3. Energy balance for fluids in the inlet compartments
Energy balances equivalent to Eqs. (9a) and (9b) have been

lso written for the fuel and oxidant inlet compartments. The
eat transfer coefficients have been calculated at the anode and
athode side by using Eq. (10), assuming an asymptotic Nusselt
umber equal to 3.6 [7,13]. Such energy balances allow deter-
ining the gas temperatures at the inlet of the air and fuel flow

hannels (confined between electrodes and interconnect plates).

.3.4. Energy balance for the solid phases of the SRU
The governing equation to calculate the temperature of the

olid phase has been expressed considering conduction, convec-
ion and radiation. For a solid volume, dV, in contact with the

uid on a surface, dS, the energy balance has been written as
ollows:

∇2Ts dV + dQ̇ = hfluiddS{Ts − Tfluid} + dφ̇rad (11)
Sources 177 (2008) 355–368 359

he first term of this equation, λ�2Ts dV, is related to the heat
ransport by conduction in the solid phases. The term λ rep-
esents the thermal conductivity of the solid volume dV. It is
orth noting that the porous anode and cathode have been mod-

lled as homogenous media in which only conduction is taken
nto account. Indeed, the Peclet number Pe calculated within
he electrodes remains much lower than unity, meaning that the
eat transport by convection is negligible in comparison to con-
uction [10]. The effective thermal conductivity of the porous
lectrodes can then be determined considering a mixture law
etween the conductivities of solid and fluid regions [8].

The second term of Eq. (11), dQ̇, corresponds to the thermal
ources related to the electrochemical and chemical reactions:

The first contribution to dQ̇ is the heat generation, dq̇ox, due
to the hydrogen oxidation:

dq̇ox =
{

i(r)

2F
�HH2O + i(r)Ucell

}
dS (12)

Considering Eqs. (6) and (12) can also be expressed as fol-
lows:

dq̇ox =
[
i(r)

2F
�HH2O + Ei=0i(r) − Rei

2(r) − Rci
2(r)

−(ηconc,a + ηconc,c + ηact)i
2(r)

]
dS (13)

The heat linked to the SRU contact resistances, −Rci2, has
been supposed to be released at the electrode/interconnect
interfaces. The heat due to the electrolyte resistance,
−Rei2, has been located in the volume of the electrolyte
layer. The other heat sources (i.e. (i/2F )�HH2O + Ei=0i −
(ηconc,a + ηconc,c + ηact)i2) are likely released at the elec-
trode/electrolyte interfaces. However, since the anode and
cathode contributions are difficult to separate, these heat
sources have been delocalised in the electrolyte layer.
The second contribution to dQ̇ corresponds to the heat gener-
ation, dq̇ref, due to the reforming chemical reactions ((1)–(3)).
Corresponding heat source terms have been located within the
porous anode and are expressed as a function of the reaction
rates vi:

dq̇ref =
{

i=3∑
i=1

vi(r, z)�Hi

}
dV (14)

The last term of Eq. (11), dφ̇rad, is related to the heat transfer
by radiation and has been divided into two contributions:
The first one, dφ̇1, corresponds to the solid surface-to-surface
heat exchange between electrodes (anode or cathode) and
interconnects plates. It has been approximated in the model
according to the general expression between two infinite par-
allel planes
dφ̇1 = σεanode/cathodeεinterconnect

1−(1−εanode/cathode)(1−εinterconnect)
(T 4

anode/cathode

−T 4
interconnect)

}
dS (15)
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Table 2
Material thermal parameters at SOFC operating temperature

Anode Electrolyte Cathode Interconnect

C 3.8 [24] 11 [8] 25 [15]
E – 0.4 [8] 0.7

•
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3
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tends to an asymptotic value for the highest anode thicknesses
(around 80% for the present condition of fuel supply). This
result suggests that the depth of the methane reaction zone in
onductivity λ (W m−1 K−1) 6 [8]
missivity ε 0.4 [8]

where ε denotes the emissivity of materials (for anode,
cathode and interconnects) and σ the Stefan-Boltzmann’s
constant.
The second contribution to dφ̇rad corresponds to the radiative
heat losses, dφ̇2, flowing from the SRU to the stack insulating
envelope:

dφ̇2 = {σεinterconnect(T
4
s − T 4

insulating)}dS (16)

where Ts denotes the surface temperature taken on the free
edge of the SRU. The term Tinsulating corresponds to the stack
envelope temperature taken here at 800 ◦C (Fig. 4). The ther-
mal parameters for materials considered in the model are
provided in Table 2. According to Larrain et al. [14], the inter-
connect emissivity, εinterconnect, depends on the metal surface
state and can vary over a large range from 0.4 to 0.9. For
the present simulations, this parameter has been fixed to the
value equal to ∼0.7. Indeed, a sensitivity analysis carried out
for the present study has shown that the modification of this
last parameter between 0.6 and 0.8 has no major influence on
the final temperature field.

. Results and analysis

.1. Influence of anode thickness on cell performances

Cathode and electrolyte thicknesses have been fixed to 60 �m
nd 150 �m, respectively. Electrochemical performances have
een investigated as a function of the anode thickness within
he range 60–2200 �m. Simulations have been performed with
98.5 cm2 active cell area. The polarisation curves have been

imulated with an inlet methane flow rate of ṅCH4 = 14.686 ×
0−5 mol s−1 and an air ratio 
air = ṅair/ṅfuel equal to 3. The
esults are given in Fig. 6 and show that the electrochemical
erformances are strongly improved by increasing the anode
hickness up to around 1000 �m. Beyond this last value, the
olarisation curves are almost similar. It is worth noting that both
he OCV and cell limiting current are simultaneously increased
ith the anode thickness.
As shown in Fig. 7, the methane conversion into hydrogen is

ound to be increased with the anode thickness. It is consistent
ith the fact that a sufficient number of catalytic sites is required

or the steam and CO2 reforming reactions to occur. As a con-
equence, the hydrogen production is found to be limited when
he anode layer is too thin.

The electrochemical performance improvements obtained by
ncreasing the anode thickness can thus be linked to the amount

f hydrogen produced at the anode side by the reforming reac-
ions. Indeed, the high quantities of hydrogen in the fuel mixture
btained with thicker anodes as shown in Fig. 7 explained the
igh OCV values (Fig. 8). The cell limiting current linked to

F
O

ig. 6. Polarisation curves plotted for different anode thicknesses (ṅCH4 =
4.686 × 10−5 mol/s, ṅH2O/ṅCH4 = 1, 
air = 3, active cell area = 98.5 cm2).

nodic concentration overpotential ηconc,a increases with anode
hickness. The term ηconc,a has been plotted in Fig. 9 as a function
f the anode thickness (for Ucell = 500 mV). For the thinnest lay-
rs (<500 �m), the high concentration overpotentials are related
o a hydrogen starvation at the anode/electrolyte interface caused
y a too low hydrogen production rate within the bulk cermet.
nversely, for thick anodes (>500 �m), concentration overpo-
entials slowly increase because of mass transfer limitations: the
ydrogen transport to the anode/electrolyte interface is hindered
y diffusion of species through the porous thick electrode.

It can be noticed in Fig. 7 that the methane conversion rate
ig. 7. Methane conversion plotted as a function of the anode thickness at the
CV (ṅCH4 = 14.686 × 10−5 mol/s, ṅH2O/ṅCH4 = 1, 
air = 3).
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ig. 8. OCV plotted as a function of the anode thickness (ṅCH4 = 14.686 ×
0−5 mol/s, ṅH2O/ṅCH4 = 1, 
air = 3).

he porous electrode is limited. In order to illustrate this last
emark, the reforming reactions rates (Fig. 10a) and the result-
ng hydrogen production rate (Fig. 10b) have been plotted as

function of their axial locations (z) across the anode at cell
entre (r = 0) and at OCV. The curves of Fig. 10a and b refer
o a 2200 �m anode thickness. The hydrogen production rate is
ound to be directly controlled by the steam reforming reaction
ate which is significantly higher than the rates of the other reac-

ions. As the steam-reforming rate decreases strongly from the
node entrance surface layer up to the anode/electrolyte inter-
ace, the hydrogen production rate drops similarly inside the

ig. 9. Anodic concentration overpotential plotted as a function of the anode
hickness at a cell voltage Ucell = 500 mV (ṅCH4 = 14.686 × 10−5 mol/s,
˙H2O/ṅCH4 = 1, 
air = 3).

Fig. 10. Reaction rates plotted as a function of their axial position z within the
anode at the cell centre r = 0 and for the OCV (anode thickness = 2200 �m,
n

t
(

a
o
d
a

p
s
a
o
a
i
i
t

able 3
imulated inlet fuel and air molar flow rates

onditions of gas feeding ṅInlet
CH4

(×10−5 mol s−1) ṅInlet
H2O(×10−5 mol s−1)

14.686 14.686
I 11.015 11.015
II 7.343 7.343
V 5.507 5.507

a ṅinlet
air = ṅinlet

O2
+ ṅinlet

N2
(ṅinlet

O2
= 18.504 × 10−5 mol s−1 and ṅinlet

N2
= 69.612 × 10−
˙CH4 = 14.686 × 10−5 mol/s, ṅH2O/ṅCH4 = 1, 
air = 3). (a) Reforming reac-
ions rates, (b) Hydrogen production rate (v1, v2 and v3 refer to reactions (1),
2) and (3)).

node material (Fig. 10b). Consequently, although an increase
f the anode layer thickness improves the total hydrogen pro-
uction, this improvement becomes less and less pronounced
nd leads to the observed saturation behaviour.

The evolution of the chemical reaction rates along the axial
osition (z) in the anode is explained by the repartition of gas
pecies within the cermet. As shown in Fig. 11, the methane
nd water molar fractions decrease from the entrance surface
f the anode to the electrolyte interface. Indeed, these species

re readily consumed by the steam reforming reaction resulting
n a decrease in the steam reforming reaction rate as observed
n Fig. 10a. It is worth noting that the mass transfer limita-
ion by diffusion impedes the molar fraction homogenisation

R = ṅinlet
H2O/ṅinlet

CH4
ṅinlet

air (×10−5 mol s−1)a 
air = ṅinlet
air /ṅinlet

fuel

1 88.116 3
1 88.116 4
1 88.116 6
1 88.116 8

5 mol s−1).
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Fig. 11. Molar fraction of fuel species plotted as a function of the anode thick-
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Fig. 12. Evolution of the reforming reaction rates along the cell from the gas
inlet (cell centre r = 0) to the gas outlet (cell edge r = rmax) (Ucell = 600 mV,
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ess at the OCV (anode thickness = 2200 �m, ṅCH4 = 14.686 × 10−5 mol/s,
˙H2O/ṅCH4 = 1, 
air = 3).

hrough the porous anode. This dependence of methane concen-
ration with the position in the anode depth is in good agreement
ith the simulation results established by Lehnert et al.

9].
As illustrated in Fig. 10a, the CO2 reforming reaction rate

s observed to slightly increase across the anode. This trend is
xplained by the carbon dioxide production due to the water
as shift reaction which is always shifted towards more H2
nd CO2 species (Fig. 10a). This effect is activated in the
node entrance layers (near the fuel channel) because of the
igh amount of H2O in the fuel and the CO production by the
team reforming reaction (Fig. 11). However, it is limited in
he region close to the anode/electrolyte interface because of
he high amount of hydrogen and the decrease of water molar
raction.

It can be concluded from this section that the achievement of
fficient methane conversion rate into hydrogen requires a mini-
um anode thickness. However, above a certain value, the CH4

onversion rate reaches an asymptotic value which is explained
y the limitation of the reforming reaction rates due to the dilu-
ion of the reactants with the products. This can be attributed to
n insufficient diffusion of the species into the porous anode that
inders any homogenisation.

.2. SRU operation fuelled directly with methane

The mechanisms involved in the DIR process have been
nvestigated under cell polarisation. Taking advantage of the
revious analysis, an anode supported cell has been consid-
red with the anode, electrolyte and cathode thicknesses fixed,
espectively to 1000, 20 and 60 �m. The active cell area has
een taken equal to 98.5 cm2. The inlet molar fuel flow rate and

ell polarisation have been varied to study the SRU operation.
able 3 summarises the investigated cell gas feeding conditions.
t can be noticed that the air-flow rate has been kept constant to
˙ inlet

air = 88.116 × 10−5 mol s−1.

a
o
d
i

ondition III of cell gas feeding, fuel utilisation = 91.5%). (a) Close to the inter-
onnect/anode interface (at the anode side) and (b) Close to the electrolyte/anode
nterface (at the anode side).

.2.1. Mechanisms involved in the DIR process: evolution
f molar fractions, temperatures and overpotentials along
he cell

The variations of the output parameters of the model along
he cell radius are presented for a selected condition of SRU gas
eeding (condition III of Table 3). The cell polarisation has been
xed to 600 mV. Fig. 12a and b present the rate of the reforming
nd WGS reactions within the cermet close to the interfaces
ith interconnect and electrolyte. As already discussed in the
revious section, the steam reforming reaction rate is higher in
he entrance layer of the cermet than in the neighbourhood of
he anode/electrolyte interface. The same behaviour is observed
long the cell radius: the reaction is strongly enhanced at the
ell inlet and decreases up to the cell outlet. It can be concluded
rom these results that, in the DIR process, the effective zone
articipating to the methane conversion is confined in a limited
olume at the anode inlet.

Fig. 13a and b present the evolutions of the molar fraction

long the cell from the gas inlet (cell centre r = 0) to the gas
utlet (cell edge r = rmax). The CH4 molar fraction is found to
ecrease along the cell radius since it is consumed by the reform-
ng process. Hydrogen concentration increases at the cell inlet
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exhibits a lower temperature at the cell centre than the inter-
connect plates. However, the temperature gradient across the
SRU (in the z axial direction) is slight because of the adiabatic
conditions considered for the modelling.
ig. 13. Evolution of the molar fraction along the cell from the gas inlet (cell
entre r = 0) to the gas outlet (cell edge r = rmax) (Ucell = 600 mV, condition III
f cell gas feeding, fuel utilisation = 91.5%). (a) At the interconnect/anode on
he anode side and (b) At the electrolyte/anode on the anode side.

ecause the methane conversion mainly occurs in this region.
fter a maximum, the hydrogen molar fraction decreases pro-
ressively until the cell outlet as it is oxidised all along the cell
adius. The same evolution is observed for the carbon monox-
de. Indeed, CO is also produced at the cell inlet by the steam
eforming reaction and then converted into hydrogen and car-
on dioxide through the water gas shift reaction. The water
olar fraction follows an inverse evolution than H2 and CO.

ndeed, after a decrease caused by its consumption by the steam
eforming reaction, H2O concentration is observed to increase
ue to the hydrogen oxidation reaction. It is worth noting that
guiar et al. [11] have found similar profiles of molar frac-

ions along the cell length for a SOFC operated directly with
ethane.
Fig. 14 presents the evolution of the overpotentials along

he cell radius. It can be verified that the sum of the overpo-
entials is equal to the difference between the OCV and the
ell voltage. This result means that Eq. (6) is well verified and

emonstrates the correct convergence of simulations. According
o Eq. (8b), the evolution of the anodic concentration overpo-
ential along the cell radius is governed by the values taken by
he PTPBa,i�=0

H2O /PTPBa,i �=0
H2

ratio.

F
a
d
i

ig. 14. Evolution of the overpotentials along the cell radius (Ucell = 600 mV,
CV = 1025 mV, condition III of cell gas feeding, fuel utilisation = 91.5%).

Temperature profiles along the cell radius have been plotted
n Fig. 15 at the anode/electrolyte interface and for the intercon-
ect plates. It is verified that temperatures are increased from the
ell inlet in the radial direction corresponding to the air and fuel
o-flow. In the present case of simulation (Ucell = 600 mV), the
ndothermic heat absorbed by the reforming process is lower
han the exothermic one released by the hydrogen oxidation. In
uch conditions, the net resulting heat has to be exhausted from
he SRU: the temperature elevation is then due to the heat accu-

ulation stored in the moving fluids. This phenomenon leads
o a steep thermal gradient at the cell inlet which is strength-
ned by the cooling effect due to the endothermic reforming
eactions. Indeed, the reforming process occurs essentially at
he cell entrance whereas the exothermic hydrogen oxidation
akes place all along the cell length. For this reason, the cell
ig. 15. Temperature evolution plotted along the cell radius for the
node/electrolyte interface and for the interconnect plate (Ucell = 600 mV, con-
ition III of cell gas feeding, fuel utilisation = 91.5%, temperature of the
nterconnect plate taken on the surface connecting two adjacent SRUs).
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Fig. 17. Maps of fuel utilisations plotted as a function of inlet methane flow rate
and cell voltage.
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It can be observed that temperatures reach maximum val-
es before the cell outlet. This cooling effect near the SRU
eriphery can be explained by radiative heat losses with the
tack-insulating envelope. For the present conditions of simu-
ation, the maximum temperature is around 865 ◦C leading to
maximum thermal gradient of around ∼3 ◦C mm−1. This cell
arming is relatively lower than the one predicted by Aguiar

t al. [11] (considering equivalent fuel utilisation and gas inlet
emperature). Indeed, in their case, the heat generated by the
lectrochemical and chemical reactions could only be exhausted
y the air and fuel flows. In the present results, it is shown that
he main part of the generated heat is exhausted by radiative
eat transfers with the insulating envelope: only ∼10% of the
eat sources are removed from SRU by the air and fuel streams
hereas the ∼90% remaining heat are dissipated by radiation

owards the insulating envelope.

.2.2. Influence of the operating conditions on
emperatures and cell performances

In order to predict the SRU operation when incorporated in
he boiler and fed directly with methane, simulations have been
erformed by varying the cell polarisation and the fuel flow
ate introduced at the anode inlet (see flow conditions given in
able 3). Obtained power densities are plotted in Fig. 16. The
uel utilisation Uf has been calculated by using Eq. (17) and is
iven in Fig. 17:

f = I

8Fṅinlet
CH4

(17)

ith I is the total current across the cell, F the Faraday’s constant
nd ṅinlet

CH4
is the inlet methane molar flow rate.

In Fig. 16, it can be seen that the power density increases
ogically with the inlet methane flow rate and the cell polarisa-
ion. On the other hand, the fuel utilisation is raised when the
ell voltage and the methane flow rate are lowered (Fig. 17). For
he standard 0.7 Volts operating cell voltage, the fuel utilisation

anges from ∼81% for the lowest investigated methane flow rate
own to ∼38% for the highest one. These conditions correspond
espectively to a power density varying from ∼250 mW cm−2

o ∼280 mW cm−2.

ig. 16. Maps of power densities plotted as a function of inlet methane flow rate
nd cell voltage.

t
a
t
w

F
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ig. 18. Map of heat sources plotted as a function of inlet methane flow rate and
ell voltage.

Fig. 18 presents the sum of heat sources generated within
he cell, corresponding to the endothermic contribution of the
eforming process Eq. (14) and to the exothermic contribution
f the hydrogen oxidation Eq. (12). The associated maximum

emperatures reached in the cell are provided in Fig. 19. The
utothermal conditions of cell operation correspond in Fig. 18
o the border line between exothermic and endothermic domain,
here heat sources are equal to 0 Watts. These conditions lead in

ig. 19. Map of cell temperatures plotted as a function of inlet methane flow
ate and cell voltage.
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ig. 19 to a cell temperature equal to around 800 ◦C which corre-
ponds to the model boundary temperature taken for the gas inlet
nd insulating envelope. Exothermic conditions are achieved for
he highest cell polarisations and the lowest methane flow rates.
n this case, endothermic thermal fluxes due to the reforming
rocess are lower than the absolute value of exothermic ther-
al fluxes. As observed in Fig. 19, exothermic conditions lead

o cell temperatures exceeding the inlet gas temperature. At the
pposite side, close to the OCV, exothermic fluxes fall to zero
nd the endothermic heat generation due the DIR process cools
he cell: its temperature becomes lower than 800 ◦C.

. Discussion

.1. Optimisation of the anode thickness for methane
eforming

It has been shown in Section 3.1 that the rate of methane con-
ersion into hydrogen increases with the anode thickness up to
each an asymptotic value. This effect has been explained by the
imitation of the reforming reaction rates due to the dilution of
he reactants with the products. Indeed, insufficient diffusion of
he species through the anode hinders any efficient homogeni-
ation. Consequently, only a small part of the anode is working
egarding to the reforming process. Then, as the conversion zone
s limited in the anode, the CH4 conversion rate should decrease
ith increasing the fuel flow rate introduced at the cell inlet.
his remark is illustrated in Fig. 20: the methane conversion
etermined at the OCV has been plotted as a function of the
node thickness for fuel flow rates varying from ṅinlet

CH4
= 3.671 ×

0−5 mol s−1 to 29.372 × 10−5 mol s−1 (with S/C = 1, elec-
rolyte thickness = 150 �m and active cell area = 98.5 cm2). As
xpected, the methane conversion is found to be improved when
he fuel flow rate is lowered. It is worth noting that the fuel

tilisation (calculated for the standard ∼0.7 V cell polarisation
n Fig. 21) follows the same trend than the methane conversion
ate.

ig. 20. Methane conversion calculated for different inlet methane flow rates
nd plotted as a function of the anode thickness (at OCV, R = ṅinlet

H2O/ṅinlet
CH4

= 1,

lectrolyte thickness = 150 �m and active cell area = 98.5 cm2).
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ed as a function of the anode thickness (for Ucell = 0.69 V, R = ṅinlet
H2O/ṅinlet

CH4
= 1,

lectrolyte thickness = 150 �m and active cell area = 98.5 cm2).

From the methane conversion and fuel utilisation curves
Figs. 20 and 21), it can also be concluded that an anode thick-
ess higher than 400–500 �m is required to reach sufficient CH4
onversion and the highest achievable fuel utilisation.

Drescher et al. [25,26] have experimentally measured the
ethane conversion rate on a classical anodic cermet. In their

est equipment, the wet methane mixture was flowing over
oth sides of a flat porous substrate (without electrolyte). The
ests have been carried out at 915 ◦C, for a methane flux den-
ity of ṄCH4 = 1.238 × 10−4 mol cm−2 s−1 and a ratio S/C =

˙ inlet
H2O/ṅinlet

CH4
= 3. They have found that the methane conversion

ate increases strongly up to an anode thickness of 600 �m.
eyond this value, the reactivity is observed to become less
ependent of the anode thickness. The authors conclude from
hese results that, in their operating conditions, the depth of the
eaction zone corresponds roughly to the half thickness of the
node substrate, i.e. ∼300 �m. To validate the present mod-
lling tool on the basis of these results, simulations have been
erformed considering their operating conditions. However, the
et methane mixture has been assumed to flow on only one

ide of the cermet, the other side being covered by a dense elec-
rolyte layer. The comparison with experimental points has been
chieved assuming that these experimental values refer to the
alf thickness of the real anodic substrate. In Fig. 22, the compar-
son between the simulated curve and the experimental data from
25,26] is presented (with the experimental points expressed as
function of the half thickness of the real anodic substrate). A

elatively good agreement is observed between the simulated
urve and experimental data which allows validating partially
he present model. The slight discrepancy observed can be
ttributed to the assumption done to take advantage of the exper-
mental data. Furthermore, as mentioned by Lehnert et al. [9],
he choice of the cermet microstructure parameters influences
he methane conversion rate. For instance, they have demon-
trated that the ratio ε/τ of porosity to tortuosity is the parameter

hat affects mostly the methane conversion. In their conditions,

26.28% decrease in ε/τ compared to their standard cermet
nduces a 12.24% decrease in the methane conversion rate.
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Fig. 22. Methane conversion plotted as a function of the anode thickness.
The simulated curve has been obtained in the same conditions of tempera-
ture, molar flux density and steam to carbon ratio than the measured data
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Fig. 23. Cell temperature profile and associated thermal gradient plotted as a
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rom [25,26]. The experimental data have been modified to takes into account
he methane flow condition (on one side only) (at OCV, T = 915 ◦C, ṄCH4 =
.238 × 10−4 mol cm−2 s−1 and R = ṅinlet

H2O/ṅinlet
CH4

= 3).

.2. Electrical and thermal management of SOFC stack fed
ith methane in the boiler

For the considered SRU, autothermal conditions are found
o be achieve for cell voltages ranging between ∼680 mV and

800 mV depending on the inlet fuel flow rates (Fig. 18). These
onditions lead to a fuel utilisation decreasing from ∼55% to
40% with increasing the fuel flow rate (Fig. 17).
Regarding the studied application, i.e. a SOFC incorporated

n a boiler, this autothermal mode of cell operation appears as a
ood compromise for the SOFC thermal management. Indeed,
o thermal fluxes will flow between the stack and the insulat-
ng envelope. In addition, the cell thermal gradient is expected
o be minimised since the endothermic heat absorption due to
he reforming process will be exactly counter-balanced by the
xothermic hydrogen oxidation heat release. This remark is illus-
rated in Fig. 23 where the cell temperature profile (Fig. 23a)
nd the associated thermal gradient (Fig. 23b) are plotted along
he cell radius (for the third condition of gas feeding: see
able 3). The lowest thermal gradient along the cell is found to
e achieved for a cell voltage higher than 700 mV but lower than
00 mV, corresponding to the calculated autothermal condition
Fig. 18).

The electrical efficiency ξ of the SRU is defined by the ratio
f the electrical power generated by the SOFC over the amount
f heat liberated by the complete combustion of fuel (the water
roduced by the combustion being assumed to remain as vapour)

= UcellI

ṅinlet
CH4

NCV
(18)

he net calorific value (NCV) of natural gas (=802.4 kJ mol−1

27]) has been considered for the present study.

The efficiency map has been calculated for the considered

RU and is given in Fig. 24. Autothermal conditions, as deter-
ined in Fig. 18, lead to relatively poor electrical efficiencies.

ndeed, the highest electrical efficiency, ranging around 45%,

a
T
s
(

as feeding: see Table 3). (a) Temperature taken at anode/electrolyte interface,
b) Thermal gradient dT/dr at anode/electrolyte interface.

s obtained with the lowest investigated methane flow rate
see Fig. 24). Consequently, higher cell polarisations (or lower
ethane flow rates) will be required to reach a more adequate

fficiency regarding to the application. However, these last con-
itions are obtained with high fuel utilisations (Uf > 60%) and
nduce high thermal gradients, both effects being potentially
armful for the cell durability.

In addition, the fuel dilution by nitrogen is found to lower
he cell electrochemical performances by decreasing the OCV
nd simultaneously increasing the concentration overpotentials.
onsequently, the dilution effect is expected to decrease fur-

her the electrical efficiency of SOFC operated directly with
ethane. Simulations have been performed with the same CH4
ow rates as those given in Table 3. However, the total fuel
ow rate has been kept constant to 29.372 × 10−5 mol s−1 by
dding nitrogen gas to the stream (with R = ṅinlet

H O/ṅinlet
CH = 1).
2 4
he resulting electrical efficiencies (Fig. 25) are found to exhibit
ubstantially lower performances than the ones without dilution
Fig. 24).
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Fig. 24. Map of electrical efficiency plotted as a function of inlet methane flow
rate and cell voltage (condition of gas feeding given in Table 3).

Fig. 25. Map of electrical efficiency plotted as a function of inlet CH4 and
N2 flow rates and cell voltage (the total fuel flow rate has been kept con-
s
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tant to 29.372 × 10−5 mol s−1 by adding nitrogen gas to the stream with
= ṅinlet

H2O/ṅinlet
CH4

= 1).

. Conclusion

An in-house-model has been developed to study the ther-
al and electrochemical behaviour of a planar SOFC stack

ed directly with methane and incorporated in a boiler. Sim-
lations have been performed with Ni-YSZ cermet as the
nodic material. It has been shown that the methane reform-
ng into hydrogen is confined at the cell inlet in a limited
node volume. Therefore, a sufficient anode thickness is required
o obtain the most efficient methane conversion. A sensitiv-
ty analysis, on both the anode thickness and the fuel flow
ate, has allowed establishing that thicknesses higher than
400–500 �m are required to achieve optimal electrochemical

erformances.
The DIR mechanisms and the impact of operating condi-

ions on temperature gradients and electrical efficiencies have
hen been investigated considering anode supported cell geom-

try. It has been highlighted that the temperature gradient
s minimised in the autothermal operating mode whereas, it
ppears to be significant at the cell inlet in exothermic or
ndothermic conditions. Thermal equilibrium in the stack has

[

[

Sources 177 (2008) 355–368 367

een found to be strongly dependent on radiative losses with
he stack envelope. Electrochemical performance maps have
een established as a function of methane flow rates and cell
oltages. In the considered conditions, the best compromise
egarding thermal equilibrium corresponds to the autother-
al operating conditions leading to a fuel utilisation ranging

etween ∼55% and ∼40% and an electrical efficiency decreas-
ng from ∼45% to ∼25%. Further simulations are in progress to
etermine the best compromise regarding electrochemical effi-
iency while maintaining thermal and mechanical satisfactory
onditions.
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